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ABSTRACT

The description of two-phase flow is important in nuclear safety
studies. Recent twec-phase flow descriptions are based upon unequal phase
velocities and unequal p.ase temperatures (UVUT) thecries with inter-
phase interaction terms. These theories are more mechanistic than homo-
geneous theories and require more and different types of correlations than

homcgeneous theories. The UVUT theories require cotrrelations (or models)

which describe wall and interphase mass transfer, friction, momentum
transfer, and heat transfer for all flow regimes and heat transfer regimes.
A set of correlations 1s presented in this paper which can be used with
UYUT theories, These correlations cover the complete range of parameters

needed and in all cases are expected to yield reasonable numbers.
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1. INTRODUCTION

The description of two phase flow is important in the analysis of the loss-
of-coolant accident as well as in the analysis of many important industrial processes.
Recent approaches have included the description of two phase flow with two sets of
transport equations, one for the liquid and one for the vapor. The class of
theories which use two equation sets to describe unequal phase veiocity and
unequal phase temperature but assume equal phase pressures will be referred to
herein as UVUT theories. Examples of such theories are given by Bouré et al

(1971) and Harlow and Amsden (1974). These thcories are more mechanistic than

s v et st

2qual velocity, equal temperature (EVET) theories and consequently require more

and different type of correlations than EVET theories. The purpose of this paper

is to present a complete set of correlations which can be used with UVUT theories

to close these equation sets. In particular, these correlations have been used in
the SSUVUT fal and S3LOOP fa} computer proérams. These programs describe one-
dimensional flow, the first being steady state and the second being transient.

Both of these programs are based upon UVUT theories. The UVUT theories require
correlations (or models) which describe wall and interphase mass transfer, friction,
momentum transfer, and heat transfer. These correlations are dependent on the
geometry of the flow regime.present and, thus, models for *te flow regimes must be

included. Correlations (or models) are presented in this paper %o describe the

following:

1) flow regime“

2) friction force

3) intrinsic velocity .-
4) heat transfer regime and CHF correlations.

5) heat transfer correlations

6) energy partition functionms.

[a]

Computer programs developed by Aerojet Nuclear Company
1




Flow regime maps are used primarily to determine which friction models
are selected. Flow regimes are alsc used in the determination of heat transfer
regimes. In some cases, such as dispersed flow, the heat transfer regimes determine
the flow regime. The intrinsic velocvity model currently used in the calculation of
interphase momentum transfer is the same for all flow regimes. Energy partition
functions are used to determine the fraction of heat transferred which goes into

nonequilibrium effects, such as 8ubcooled boiling.




2., FLOW REGIME MAPS

The source terms in the UVUT equations are flow regime dependent, so that
proper evaluation of these terms (in particular the friction terms) requires that
the flow regime in the control volume be knowa. The flow regime in general is a
function of the phase velocities, densities, and viscosities, the vapor fractionm,
the flow direction, the heat flux to the fluid, interphase heat transfer, the
geometry of the confining walls, and transient and convective momentum and energy
effects. The published flow regime maps do not take into account all of these
variables. In fact, the published flow regime maps are usually for cocurrent upward flow
or horizontal, one-dimensional, steady state, isothermal flow. Some limited experi-
mental results and analytical models (Wallis, 1969) have been presented for counter-
current flow. Although the model presented here is based on published steady state
flow regime maps, simple analytical models can be used to predict flow
regime transitioﬁs. Kordyban and Ranov (1970), for example, have presented a model for
the transition between stratified and slug flows which agrees well with experimental
data. Govier and Aziz (1972, p. 389) have presented a model for transition between
bubble and slug flows. Transient and convective effects can be included through use of
analytical models. Future versions of these flow regime maps are inteaded to include
these effects. The flow regime maps which are used are based on those presented in
the literature by Bennett et al. (1965) for vertical flow and Baker (1954) for horizon-
tal flow. These maps have been modified in a simple manner tﬁ include the effects of
heat transfer and countercurrent flow. Three-dimensicnal effects have not been accounted
for but three-dimensional flows with many imbedded stationary surfaces can probably be

accounted for with appropriate modifications of the flow regime maps presented here.



2.1 Geometry of the Flow Regimes Considered

The flow regimes considered in the present UVUT correlation model are described in

in this section.

2.1.1 Single Phase. Single phase fluid is assumed if the vapor volume fraction

a 1s zero (all liquid) or umity (all vapor).

2.1.2 Annular and Inverse Annular Flow. Annular flow is viewed as one phase

flowing in the central cylindrical region of a cylindrical pipe with the other phase
flowing in the annulué formed by the central cylindrical region and the pipe walls.
Normal annular flow has vapor in the center region and water on the wall. Inverse
annular flow has water in the center region and vapor on the wall. Presumably,
inverse annular flow can only occur in the presence of a hot wall which would pro-
hibit liquid from staying on the wall. Annular flow in noncylindrical geometries
could be represented with effective hydraulic diameters. In three-dimensional
geometries, the concept of annular flow may become indistinguishable from stratified
flow or inverse annular flow. The major differences in flow regimes may be whether
the two phages are each essentially contiguous or whether one of them 1s dispersed
in the other. Differences calculated in the friction forces between annular and
stratified flows may be inconsequent’al when UVUT theory is applied, but remains to

be confirmed.

2.1.3 Dispersed Flow (Also known as Mist or Droplet Flow). Dispersed flow as

used here refers to a flow pattern in which liquid droplets are dispersed in a
continuous gas phase. 1In adiabatic systems, an incresase in the vapor flow rate for
annular flow causes the liquid film flow to become turbulent. A further increase

in the vapor flow increases the entrainment rate, with the liquid film eventually



breaking up completely. If an external heat source is presenc, dispersed flow is

also pogsible in the transition and stable film boiling heat transfer regimes. When

a heat source is present, the transition from dispersed flow to inverse annular flow

is assumed to depend on the volume fraction of vapor. 1If the vapor volume fraction

is less than 0.2, inverse annular flow is assumed.

2.1.4 Countercurrent Flow.

If the velocities of both phase are of opposite sign,

annular flow is assumed. Inverse annular flow is assumed (vapor on the wall, liquid cente:

core) if the wall temperature, Tw’ is greater than or equal to the wall temperature

which corresponds to critical heat flux, TCHF' Normal annular flow (liquid on wall,

vapor center core) is assumed if the wall temperature is less than TCHF'

2.1.5 Stagnation. Stagnation 1is specified as both phases being stagnant. A total

mass flux of zero with the phases moving in the opposite directiorn qualifies as

countercurrent flow. Stagnation in a horizontal pipe is different than in a

vertical pipe. Stagnation in a horizontal pipe is viewed as a completely separated

geometry with liquid on the bottom and vapor on the top. Such stagnation is consis-

tent with the Baker (1954) regime map for horizomtal flow ard low velocity. Stagnation in.

vertical pipe is viewed as a uniform distribution of bubbles in the liquid phase.

2.1.6 Bubble Flow. This flow regime assumes that bubbles are uniformly distributed

in a continuous liquid phase. The bubtble phase is in contact with the wall. The

area of each phase in contact with the wall is assumed to be proportional to the

corresponding volume fractionms.



2.1.7 Slug Flow (Plug Flow), Slug flow is viewed as a regime with the wall covered

with liquid. The gas phase is distributed as large elongated slugs in a continuous liquid.
This regime is approximated as annular flow for the purpose of computing interfacial

friction and interphase heat transfer.

2.1.8 Froth Flow (Churn Flow). Proth flow occurs when the phase velocity difference

is oo great to support slug flow but not large enough to give annular flow. The flow
is turs;lent with the vapor bubbles having irregular shapes. This regime is approximated
as bubble flow.

2,1.9 Stratified Flow. Stratified flow is considered only in horizontal pipes.
The flow is assumed to be completely separated with liquid on the bottom and vapor on
the top.

2.1.10 Flow Regimes Not Explicitly Considered. Annular dispersed flow is a flow
regime with a liquid film on the wall and gas center region with droplets distributed
in the gas phase. This flow regime occurs during the transition from annular to dis-
persed flow. (Govier and Aziz, 1972, p 416). This regime is incomsistent with the two
component UVUT theories since three velocities are required to describe the flow:

1) the liquid film; 2) the gas core; and 3) the liquid droplets. This regime is ap-
proximated here as annular flow with all the liquid assumed to be in the wall film.

Studies (Farman and McFadden, 1974) have shown that in steady state this assumption is

adequate,



Wispy Annular flow (Benmmett et al., 1965) is similar to annular dispersed flow,
except that the liquid fraction entrained is less than in annular dispersed flow,
and the liquid is entrained as large agglomerates as opposed to small droplets. The
region identified as wispy-annular on Bennett's map is treated as annular flow here.

For horizontal flow, Baker (1954) and Govier (1972) include two flow regimes
which have been combined here with other flow regimes. These regimes are wave
flow and elongated bubble (plug) flow. Wave flow is combined with separated flow
because both are similar. An effective interface roughness is used in the separated
flow model which is due to surface waves so that, in effect, btoth of these regimes
are assumed to have waves. Elongated bubble is combined with slug flow. Both of these
regimes ére trangsitions between bubble and separated flow, so that the differences
between these flow regimes are assumed to be insignificant.

One f{low regime which should be included in future refinements is separated
vertical flow. This regime can occur between two heated walls when one is dry amnd the
other wetted.

Most of the flow regimes discussed in this section can occur in flow ir an in-
clined pipe as well as in a vertical or horizontal pipe. In the UVUT code, all

inclined pipes are treated as vertical pipes for the purpose of determining flow

regimes.

2.2 Method of Flow Regime Selection

The method used to select the flow regime is shown in Figure (2.1). If the
fluid is single phase, the determination is complete. The fluid is mext checked

for countercurrent flow which automatically puts the fluid in one of the two
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annular flow regimes. Next, the critical heat flux condition is checked. If the

wall temperature is greater than thc :_mperature corresponding to critical heat

Elux, T.prs then no 1linuid exists on the wall so that the flow is either dispersed

or inverse annular. The method of determining TCHF

‘The orientation of the pipe is next determined. If it is vertical or inclined, the

is described in Section 6.3

Bennett (1956) flow regime map is used unless the flow is stagnant. Stagnation is

4 1bmfft2—hr. If the flow is

assumed if the total mass flow is less than 1x10
horizontal, the Baker (1954) flow regime map is used uniess the flow is stagnant.
Again, stagnation is assumed if the total mass flow is less than 1x104 1bm/ft2-hr.
These two flow regime maps are described in the following sections.

This selection of flow regime would have to be extended to better describe

flow in inclined pipes and three dimensional flows.

2.3 Bennett Flow Regime Map for Vertical Flow

Bennett's flow regime map (Bennett, et al., 1965) is based on visual studies
of water-steam flowing upward in a vertical tube. Bennett plotted the results

using the coordinates of the total mass flux, G, versus the thermodynamic quality,

x, defined as

= g - £
G upg v® + (1-a) Py Vv (2.1)

where

a = volume fraction of steam,
p, = thermodynamic density of phase "a"
vd = velocity of phase "a'".
h-nh :
x = _T_B’: (2.2)
fg




where h = mixture enthalpy,

h, = saturation enthalpy of the liquid at the mixture
pressure, and

h = enthalpy of vaporization at mixture pressure.

Figure (2.2) represents data obtained at 1000 psia ir a 0.5-inch-ID circular conduit.
Bennett's map is believed to be more independent of pressure if the thermodynamic
quality "x" is converted to the volume fraction, a, The relation between quality

and o is a unique expression at constant pressure and for the range 0 < x < 1 is

given by
X
Pas
= —8 (2.3)
a .

(1-x) I

pls pgs
where P = thermodynamic density of phase "3" at saturation pressure

The original regime map by Bemnnett (1965) is shown in Figure (2.2), and the
modified flow regime map is shown in Figure (2.3). The flow regime boundaries have
been approximated by straight lines in Figure (2.3). The map shown in Figure (2.3)
is assumed to be valid for vertical cocurrent upflow and downflow. The flow regime
boundary between annular and bubble flows is maintained at a = 0.24 for mass fluxes
above 3x106 lbm/ftz-hr even though data are not reported beyond this value by Bennett.
The upper boundary of annular and wispy annular flow in Figure (2.2) separates those

regions from post CHF zonditions. 1In Figure (2.3), these two regions are treated

as annular flow except when CHF is exceeded, as mentioned previously, in which case

they are treated as post CHF flow.
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2.4 Baker Flow Regime Map for Horizontal Flow

The flow regime map of Baker (1954}, shown in Figure (2.4), 1is used as a basis
for Jdetermining flow regimes for horizontal flow. Scott (1963, p 209) pointed out
that the flow regime boundaries are independent of tube diameter for tube sizes
greater than one inch (based on gas-oil data) but that these regime boundaries will

tend to change rapidly as diameters decrease below one inch.

The coordinates of the Baker map are dependent on the mass velocity of the
vapor, Gg’ (ordinate) and the ratio of the liquid mass velocicy, GR’ to the vapor

mass velocity (abcissa). The coordinates are

G G, Ay
and 2

_§ C (z.4)

g

where e = g
g aOgV (2.5)
G, = (1-a) o, v* (2.6)
g T WTe e v ’

_(fﬂ ul)_ pwz 1/3
N My ("9.) (25

surface tension

Q
]

=
I

absolute viscosity.

Subscripts "A" and "W" refer to air and water properties evaluated at standard

atmospheric conditions of 60°F and 14.65 psia. [Py = 0.0675 lbm/ft3, p., = 62.3 lbm/ft3,

W

o, = 713 dynes,'cm,uw= 1 centipoise (Baker, 1954)1.

Approximations made to facilitate coding of the Baker map are:

(1) Wavy and stratified flow are grouped as stratified (separated)
flow,

(2) The plug flow regime is grouped with the slug flow regime,

(3) The flow regime boundaries were linearized in log-log coordinates.

The modified Baker map is given in Figure (2.5).
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2.5 Alternate Regime Maps (Govier, 1972)

An alternate set of flow regime maps :is available from Govier (1972)

and 1is based on cocurrent air-water flow in a tube.

The coordinates for Govier's horizontal flow map are superficial velocities,

v, = (1-a) v (2.9)
= g
ng = av°. (2.10)

As on the Baker map, stratified and wavy flow have been combined as stratified
{separated) flow, and elongated bubble and slug flows have been combined as slug flow.
The map as modified here is given in pigure {(2.6).

The vertical flow regime map has modified superficial velocities as co-

ordinates, given by

wsﬂ. and Xng (2.11)
where Y =}{{—}){= 2.12)
Dw o
' 0 1/3
and X = (—E-) Y. (2.13)
fa

Subscripts "W" and "A" mean water and air properties, respectively, and
standard atmospheric conditions. A modified Govier flow regime map for vertical
flow is showm in Figure (2.7). On tkis map, the flow regime boundaries are

approximated as straight lines.
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2.6 Summary of Flow Rruimes

The floaw regimes which are used to compute flow regime dependent terms

are summarized. In all cases (unless noted differently), the vapor fraction

ranges from 0 to 1, and T, 1s less than Tn.o (TCHF is defined in Section 6.3)
1) Single phase liquid a =0
2) Bubble
3) Slug

4) Froth (churn)

! 5} Annular (liquid on wall)

6) Single phase vapor a=1
7) Dispersed 0.2 <x=<1, '1".7 > TCHI-‘
8) 1loverse annular (vapor wall) 0<ac O.Z.Tw > TCHF

9) Stagnation (vertical)
10) Separated
11) Countercurrent (1liquid on surface

2 Countercurrent E
12) (vapor on surface), T, > Toyp

13) Stagnation (horizomtal)

19




3. FRICTICON FORCES

The flow regime waps are used primarily to determine the correct expres-
sion to be used for calculating friction. In the UVUT equations, two types of frictiom
forces are considered.

The first is the friction force per unit volume, Fwa’ exerted on phase
"a" by a stationary surface, ‘

Fn = -Sﬁa B v G.1

where

= surface area of phase "a" in contact with the wall

fal

per unit volume

wa

Bwa = gtationary surface form and viscous drag.

The second type of frictfon force Fab is due to interphase friction, and is

given by
- a b
Fab = -Aab Bab W -v) 3-2)
where
Kab = surface area between phases "a" and "b" per unit volume

B, = friction coefficient between phase "a" and phase "b".

[a]
The volume referred to throughout this work is the vclume avallable to fluid

flow. It does not include the volume of any imbedded objects such as f-1el

rods. Therefore, all the velocities used are absolute velocities.

20




For interphase terms the assumptions are

A_ = A 3.3)
Aab Aba
and
’ = 3.4)
Bhb Bba ¢
so that
Fab = Fpa.
In order to compute the terms in Equations (3.1) and (3.2), the phase hydraulic diameter
Dﬁy , and for dispersed flow, the particle size, rp, mugst be known. Correlations

a - .
for Kwa’ Boa? Apr Bape Dhy , and L (for dispersed flow) will be presented in

this section for all flow regimes (Section3.). Where geometrical assumptions involving

the system boundaries are required, one dimensional flow in a pipe is assumed.
Modifications are expected to be required for other confining geometries but the
pipe geometry is expected to be representative of all geometries. The control

volume for all flow regimes 1s taken as a cvlinder of radius R and lemgth Ax and

is given by

v, = ﬂRzAx . (3.5)

The zeometrical representations for annular flow and separated flow are given
in Figures (3.1) and (3.2), respectively. For other types of two phase flow,
such as bubble, froth and dispersed drops, the dispersed phase is assumed to

be made up of uniform size droplets or bubbles uniformly distributed in the

continuous phase.
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Figure 3.2 Assumed Separated Flow Geometry
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3.1 Phase Surface Area in Contact With Wall Per Unit Volume

The phase surface area in contact with the wali per unit control
volume is given by

A = area of wall in corntact with phase “a" (3.6)
total fluid volume .

This quantity is calculated for all the total fluid volume flow regimes in

Section 2. in the following.

3.1.1 Single Phase Flow Regimes

Kwa = z'ﬂgm = % (3'7)
TR Ax
where
D=2R.

3.1.2 Bubble, Froth, Dispersed, and Vertical Stagnation Regimes
The bubble, froth, dispersed, and vertical stagnation flow regimes are
all assumed to be similar and the equations used to represent the area of each phase
in contact with the wall are based on this area being proportional to the volume
fraction of each phase. For a homogeneously and isotropically distributed mixture,
the volume fraction of each phase is equal to the area fraction. Therefore, the wall

area in contact with the gas phase is a27RAx so that the wall area per unit volume is

i = a2mRAx _ 4o

= i (3.8)
w8 ﬂRzAx D :

Similarly, for the liquid,

- 1-0) 27RA 1
B, ~slimx  4Qe) 3.9)
TR A%
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The assumption that the dispersed phase is uniformly distrib-
uted in the continuous phase is a good approximation for adfabatic flow, but
is in error when certain types of heat transfer from or to thae stationary sur-—

face 1s considered. For example, changes in &, should be made for the following

conditions:

(1) Surface nucleate boiling. In this case most of the vapor bubbles are
adjacent to the wall and not distributed throughout the continuous liquid

phase. Thus Equation (3.8) understimates Awg and Equation (3.9) overestimates Rwl'

(2) Stable film boiling. For stable film boiling when the liquid is dis-
persed droplets (&>0.2 assumed here), the dispersed drops do not touch
the wall, so that KQg should be the same as for single phase vapor. In

this case, Equation (3.8) underestimates Awg and Equation (3.9) ovverestimates Ewl'

3.1.3 Annular, Slug, and Countercurrent (Liquid om Wwall) Flow Regimes. All

thegse regimes are treated as annular flow with liquid in contact with the wall.
The liquid area per unit volume is
n 2mRAx _ 4

i 4 (3.10)
we TTR2Ax D

and for the gas phase,

A
we

3.1.4 Inverse Annular and Countercurrent (Vapor on Wall) Flow Regimes. Both

of these flow regimes are treated as inverse annular flow with vapor on the wall.

The vapor area per unit volume is

- 2TRAX _ 4
A =—%5—== (3.112)
wg nRZAx D
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and for the liquid phase

a.=0 (3.11b)

3.1.5 Separated and Horizontal Stagnation Regimes
The separg;ed flow regime and the horizontal stagnation re-—
gime are assumed to be similar. The wall area per unit volume is related to
the angle 0 defined in Figure (3.2). This angle is related to the volume frac-
tion of the gas phase by,

1-q = volume of the liquid phase

HRZKx

8 22 _Lil & . .e_!]
L a . {21‘ ™ - 2 2 R sin 5 R cos 2 :Ax
nRzAx

2n(1-4) = 8 — sin 6 (3.12)

where 0 is in radians.
Since Equation (3.12) is a transcendental fuction, 8 cannot be written explicitly
in terms of ¢ but it can be solved for numerically.

The wall area of the gas phase per.unit volume is

27-8
—=— 2nRAx
i - 2n —— = 2(2m=8) 12717;9) (3.13a)
g TR Ax
and for the liquid phase
- 20
Awl T (3.13b)
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3.2 Interphase Surface Area Per Unit Control Volume

The interphase surface area per unit control velume is computed from

AgZ = gsurface area b;tween gas and 1iau1d. (3.14)
TR A%
3.2.1 Single Phase. Since only one phase is present
A =0, (3.15)

gL

3.2.2 Bubble, Froth, Dispersed, and Vertical Stagnation Regimes. The

interphase surface area for these flow regimes is dependent on the number of particles
in the control volume, and the size of these particles. The particles in the dispersed
phase are assumed to be spherical. The calculation of the average particle radius, '
rp, 18 described in Section 3.5.

a) Bubbly flow: the number of bubbles in bubbly flow im a control

volume of volume fractionm a is

N = EEEEA§.= 3 BEQE : (3.16)
) 4 3
-nr b
3 2

The interfacial area per unit volume for these particles is given by

(2.17)

The total number of bubbles is limited by the maximum packing which in turn limits
the area. No limit fr- this effect is included other than the flow regime maps which
are assumed to exclude selection of the bubbly flow regime for large values of o.

Similar comments apply for dispersed flow for low values of o.
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b) Dispersed flow: the interphase area for dispersed flow may be

f’?».:ained from Equation (3.17) by replacing o by 1 - o to obtain

) rp (3.18)

- ‘-3: a < 0.5
A = (3.19)
L EYe o
l - a > 0.5
p

3.2.3 Annular, Slug, and Countercurrent (Liguid om Wall) Flow
Regimes. The interphase surface area for annular flow is dependent

:

ot the film thickness. Flgure (3.1) shows that the interphase surface area is given by

- the area of the inner cylinder of radius Ri ard length Ax; that is,

ZﬂRiAx 2R1
Agg R = . (3.20)
mRT Ax R

For a liquid film, tire radius of the vapor volume center core fraction is re~
latad o a by

nRiZAx Ri2
a = ‘—T— = T (3.21)
T"R7Ax R

so that R, = Va " R. The area per unit volume is



K = EM = .l_‘.._-.“a (3.22)

gt ﬂRz-Ax D

3.2.4 Inverse Annular and Countercurrent (Vapor on Wall) Flow Regimes. For a

vapor film, the radius of the liquid volume center core fraction is related to the

volume fraction of gas as

5 n(Rz—Riz)Ax R
.: 6= ————— = 1 -5 (3.23)
TR Ax R

so that Ri = V1-a R, The area per valt volume is

g

_21V1@ R Ax _ 4/1-a )
g = 3 = 2 ) (3.24)
"Rex

3.2.5 Separated and Horizontal Stagnation Regimes. From Figure (3.2) the

interphase surface area for separated flow is seen to be dependent on the angle

determined in Equation (3.12) and the pipe radius,

I = 2R&xSin (0/2) _ 4 Sin (8/2)

82« _"_RZAX = _",D (3 - 25)

3.3 Stationary Surface Friction Coefficients and Wall Hydraulic Diameters

Correlations for surface friction coefficients should depend on the system

parameters and not the independent variables such as space and time. The friction
factors presented here comply with this requirement since steady state incompressible

friction correlation are assumed to apply without modification to .the transient

compressible situation. The coefficiert nwa is related to the correct expression




for pipe flow. It is written in terms of the hydraulic diameter and the resnlt-
ing expression is then assumed to apply to other geometries as long as the

) dp
hydraulic diameter is used. The expression for the pressure drop, = in a

straight, constant area, circular pipe may be written In the form

ig. = f p.lldl.

dx 2D

where

a
f = friction factor corresponding to a laminer value of 64/Re[ ]

po
L]

fluid density

<
]

velocity

D

diameter
Re = Reynolds number.
The momentum equation for a single phase incompressible, steady state fluid

from Solbrig and Hughes, (1975), consistent with Equation (3.1) may be written

dp = -A B va

dx wa wa

The area per unit volume is

A = 2nRAx  _ 4
wa HRZAx )

A combination of these three equations yields

B = fplvl

wa 8

[a]

The Fanning friction factor ff is8 defined as ff = Lf., It is used with an

equation for pressure drop which Is correspondingly modified as

P lvlv
- ax = ¢ °—1')"
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Although A and 3 are specified independently, the quantity of importance is
wa wa

the product of these two expressions.

The form for 3wa is extended to other geoﬁetries and flow re-

gimes by

£ o v
B =___L__L-a alV (3.26)

wa 8
where fa is an appropriately defined friction factor and °y is the thermo-
dynamic demsity of phase "a". The friction factor, f, is a function of the
Reynolds number and wall roughress for flow in a Pipe (Knudsen and Katz, 1958).
The well known Moody diagram is used as a basis for the friction factor for
all flow regimes with an appropriate definition of the friction factor. The

bazsic Moody diagram is modified for use here as described in the following.

In laminar flow in a round tube the friction factor is in-
dependent of wall roughness and is given by

g =2 (3.27)
A4

where Re: is the Reynolds numbers of phase "a". The Reynolds number is given

by

a _ a
Re = (3.28)
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where u, is the vigcosity of phase “a" and D“? is the hydraulic diameter of

phase "a" in contact with the wall. Thus for laminar flow,

8l
B =—2 (3.29)
wa a
D
W

The coefficient, Bwa’ is calculated rather than fa to elim-

ate the problem of the sirgularity in fé1 encountered at v- = 0.
In turbulent flow, the f£riction factor is determined from the

Colebrook formula (Colebrook, 1938),

L __ 0.8 1n £ + 2.51 (3.30)

\[i 3.70° Rewa vE,

where € is the pipe roughness in terms of an average length of roughness pro-

trusion and 1ln is the natural logarithm,

To ensure that a unique solution is achieved, we require that

the friction factor be monotonic and continuocus for given pipe roughness. A

model which meets these requirements is sketched in Figure (3.3). 1If Rq: >4000,

turbulent flow {8 assumed to exist. In the transition region between lam—

inar and turbulent flows a horizontal straight line is drawn, connecting the
turbulent friction factor at a Reynolds number of 4000 with the laminar fric-
tion factor curve. The intersection of this horizontal line with the laminar
friction factor is a function of pipe roughness and lies in the approximate
range 800 < R%: < 1600.

Experimental evidence (Knudsen and Katz, 1958, Chapter 7)

supports extending Equation (3.30) to othar geometries by using the hydraulic

diamneter defined as
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- 4 flow area
P wetted perimeter, (3.31)

The use of Equation (3.27) for other geometries is known to be incorrect because
it is geometry dependent. The form remains comstant but the coefficient changes.
The error incurred in using this equation for all geometries 1s assumed small.
These equations are further extended to'UVUT flow by defining the hydraulic

diameter of phase "a" in contact with the wall as:

a _ 4 flow area of phase "a' (3.32)
D = (11 | o P P4y
w wetted perimeter of phase "a" in contact with
the wall

The reasonableness of this approach can be seen in Figure (3.4) for annular
flow. A fit of experimental data of wall friction factors is compared to the
laminar friction factor and the Blasuis equation (Knudsen and Katz, 1958, Chapter 7).
The Blasius equation is a good fit to Equation (3.30) for large Reynolds number
and smooth pipes. The definition of the wall friction factor is consistent with
the definition used in the UVUT theories and represents only the force on the wall.
The assumption that friction factors can be used to represent the
shear stress at the wall even during a transient has been investigated by Slattery
(1972, p 182) for a simple problem. The basic assumption involved is that the
shear at the wall can be related to the average velocity in the pipe. An approxi-
mation is involved here because many different velocity profiles can have the same
average velocity. If the flow situations are restricted to cases for which the
profiles are similar, this assumption is reasonable. In order to investigate the

approximation involved in using steady state friction factors, Slattery obtained
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a solution with a pressure gradient imposed on an incompressible fiuid imitially
at rest. He solved the problem two ways. The firsr involved the exact solution

of the equation

v _ % , (12 (3
ot x T ¥rar (rar ) (3.33)

e et a2

where v is the velocity in the axial direction x and r is the radial direction.

The second involved the solution of the equation

02¥ _ _3p _ elvly

3t 2% "3 D (3.34)

1 2n R
-3 [ vrdrd®
TR
o o
64

~ Re

where

<l
[

(]
[

R

radius of the pipe

The solutions are presented in Figure (3.5) in terms of the average velocity
as a function of time.

The conclusion reached by Slattery is that the friction factor approach
underestimates transient instantaneous wall shear for all times for accelerating flow
and hence the velocity is higher than that computed from the 2xact solution.

Slattery concluded that the 20 to 25 percent disagreement (average) for iif > 0.04
is satisfactory for many enineering applications. If this trend holds in gen-
eral for laminar and turbulent multiphase transient flows, then velocities

calculated from UVUT theories would be higher than actually encountered for acceler-

ating flows. Lower velocities may result for decelerating flow.
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In order to use the UVUT friction factor model, the appropriate
hydraulic diameter must be used. The present models for the various flow regimes
are presented in the following and are based on Equation (3.32).

3.3.1 Single Phase Flow Repimes. The hydraulic diameter 1s, of course, just

the pipe diameter

e = R = D (3.35)

3.3.2 Bubble, Froth, Dispersed, and Vertical Stagnation Regimes. The geometry

for each phagse explained in Section 3.1.2 implies that for the gas phase,

2
g _ 4 amR
D, 2amR D (3.36)
and for the liquid phase
2
L _ 4 Q-a)mR®
D 2 (L-a) 7R D (3.37)

3.3.3 Annular, Slu and Countercurrent (Liquid on Wall) Flow Regimes. The

wall hydraulic diameter for the liquid is

»

2
2 _ 4 (1-¢)7R™
D~ = TAR = _.=2) D (3.38)

Since the gas phase is not in contact with the wall, DWg is not needed.

3.3.4 Inverse Annular and Countercurrent (Vapor on Wall) Flow Regimes. Vapor

is in contact with the wall in this flow regime so that

2
Dw8=-";T“§ = w (3.39)

The liquid phase is not in contact with the wall. so Dw2 is not needed.




3.3.5 Separated and Horizontal Stagnation Regimes. The geometry of this

regime has been derived in Section 3.1.5 where 6 was related to « in Equatiom (3.12).

The wall hydraulic diameter for the gas phase is

Di __4& anR2
271-0
Tzn 2R
2maD
B vy (3.40)
and for the liquid phase
: 2
pt = 4 (1 -0a) 1R
v 6
o 27R
_ 2n(l-0) D
= 9 . (3.41)
The ratio of the hydraulic diameter of the gas phase to the tube diameter is
plotted in Figure (3.6) for illustrative purposes.

3.4 Interphase Friction Coefficients and Interphase Hydraulic Diagmeter

A consistent definition of the interphase coefficients is

£ o |.2 *
) -
B, = &Y Z Y (3.42)

*
where v is the velocity at the interface between the two phases.,

The interface velocity may be solved for by requiring that the sum cf

the interface friction forces is zero

* *
Bgl % -v) + B (vl- v)=0

g
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*
The assumption is made that vE>y >v£ and Equation (3.42) is substituted into
Equation ( ), then
*
Fiv)=20

is solved, where

_ . g__‘*\2 _ L_ * 2
_fgpg v ) fgp11 v~ )

o
|

or
2 Z 2

) L. * 4
—f o g_ 3\ g —t R
ng)v ZCfgpgv flpgv v +(fgpg v tgogv )

(f o

g 8

: If the products fipi are assumed independent of velocity, then the solution for

%
§ v 1is

fovw

é * _ ¢ &5

: v =

8_ 2 g _ 2
le£V ) + fgpgflog (v v)
(fgog-fﬁpl) .

} Only one of these roots is physically real as seen in the following. Since F is a

*
quadratic function in v , it can have only one maximum or minimum. The derivative is

dF * L
= =2 (f - f - &_
o ( "8 PV 2(fgogv £,0,V7)

if the derivative is evaluated at v® and v, then

dF
S, @B = 2fp B -vh <0
dv
2
g—F-* (v) = =2£ p (vB - v’l)
dv &8 <0 .

Since the derivative has the same sign at these two points, no msximum or min-

Imum can occur between these two points. A solution does occur between these

two points because

F(Vg) =-fgp 2 (Vl - vg)z <Q

F(Vg) = fgﬁg(vg - vl) 2 >0
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The root desired is obtained by evaluating the root for any convenient set of conditions

8 L = 9
such as v 2v and fgpg ZLEpl

so that vk

(3+/27) v

Therefore, the negarive root is required in order to satisfy the original assumption

: 2
E.yk>y" go that in general

g 2 -, g 2
f -f - ff f -
( gpg ve-f.o,v ) JEp P (v v’) 3.4%)
(fgog - f-zpl) .

that v

v*:

In the degenerate case when fg Py = ftpl, L' Hosnital's tle can he used to
evaluate YEquation (3.43) as

*
v = % @& + v

* 2
Equation (3.43) is a general solution and is also obtained when vBey <y

Similar expressions could be obtained for laminar flow or combinations of laminar
- .o g 2 * %
and turbulent flow. When ‘g—fl’ vP=v%, and pg<<pl’ then v =v”.
The interphase Reynolds number is based on the interface velocity as a

referente velocity and is defined for each phase as

a * a
a lv -V i Dint %
Re, =

int u

(3.44)

a

The friction factor for each flow regime i3 identified in the following. The
general observation is made that the modified Moody diagram (Figure 3.3) Ls used
in annular and separated type flow regimes and that friction factors or drag

coefficients obtained for flow over spheres is used for dispersed type flow regimes.
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3.4.1 Single Phase Flow. No interphase friction occurs for single phase

flow so

- 3.45
By 0 ( )

3.4.2 Bubble, Froth, Dispersed, and Vertical Stagnation Regimes. Im all

these flow regimes, the friction models used are based on the assumption that the
continuous fluid is flowing over a rigid sphere. The equation used in the

literature for the force on a submerged object is

U2
F = CDA.ppc -3 ' (3.46)
where F = the force on the submerged object
CD= the drag coefficient
A = the projected arsa of the object on a plane normal to

the flow direction

p . = the demsity of the continuous phase.

U = the velocity of the fluid relative to the object.

The commonly used drag coefficient must be related to the friction factor used in

this study. Equation (3 46) can be written as

A P IVC - VD‘
- ¢ p et v P 3.47)
Foo = W A 8 (' -v) (

to express the force per unit volume in a contrel volume with many submerged objects

of the same size and shape, where

FCD = the force per unit volume between the continuous and dis-
persed phases in the control volume V

c-
ACD the total area between the continuous and digpersed phases
in the control volume VC

A = the surface area of a single particle

<
]

the velocity of the continuous phase

and v

the velocity of the dispersed phase .

In this equation the velocity of the dispersed phase is assumed to be the interface

velocity.
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In general, the friction factor can be identified with

£, = %E- 4ep (3.483)
In particular, for the case of spheres (Ap = nr2 and A = 4nr2)

£, = Cp. (3.48b)
The force FDC is evaluated as FDC = - FCD' The form for CD is taken from a

fit of experimental data for flow over spheres (Clift and Gauvin, 1971)

’!
£ =25

- 0.42
CD Re
P

1+ 4.25 x 10°

o.asq

[1 +0.15 Re +
P

Re;l-lﬁ . (3.49)

The use of the friction coefficient Bgl eliminates the singularity difficulty in

using fi when the velocities are equal. The particle Reynolds number is defined as

C D
v -V 2r p
Rep _ l pc (3.50)

He

where the interpha‘ : hydraulic diameter is Dgnt= 2r .

The range over which Equation (3.50) is valid has been investigated by Clift and

Gauvin (1971) and found to be ReP < 105. This function is plotted in Figure (3.7)

and appears to be reasonable to use for all Reynolds numbers. For low Reynolds

numbers, the function approaches the theoretical stokes solution and at large

Reynolds number it approaches a constant value of 0.42. The friction factors are

noted to be much higher than pipe friction factors for the same Reynolds numter,

except at low Reynolds numbers. In fact, the fully developed friction factor would

correspond to a relative roughness of Dw/e = 1.59 on Figure (3.3).
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Figure 3.7 Friction Factors for Spheres
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3.4.3 Annular, Slug, Countercurrent (Liquid on Wall) Flow Regimes. All of

these regimes are treated as an annular flow geometry. The interphase friction

can be written for the gas center core for steady state as (Wallis, 1969)

N P S
® ZCfipJ v v kv v )

ax

(3.51)

g
Dint

where Cf. is the Fanning friction factor. Since %it = DV, this equation can
i

be written as

_ * g_ ®
TS A | f-vD - (3.52)
x 2D VA&

where f, = 4C_, .
i fi

The gas phase momentum equation neglecting all terms except the pressure drop and
the interphase friction is

AP —_ g *
L B - 3.53
Fai -0 Agl ot (v v ) ) ( )
Jhern ng i5 the inter~hase friction foree,

Appropriate identification of the terms in this equation can be made by multi-
plying Equation (3.52) by a and substituting Kgl = 4Vva /D into Equation (3.53) and

equating the two expressions

* %
af p lvg - & _
oo v l(v v )

— g
= B v° -v)
2DVa D gl
or *
f e lvg -V l
- &8 = !
Bal (3.54)

8
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which is consistent with the usual definition of Bgl'

The viscosity of water is much higher than that of the vapor so that a good
approximation for annular flow is to use the gas phase to evaluate the inter-
phase friction with v* approximated by the velocity of the liquid. Substitu-

*
tion of v = vl into the gas phase expression (Equation 3.53) for the interphase

force, along with Equation (3.54) yields

B Iy
W f o 1ve = v g ¢
T 8 @ -

-

(3.55)

The Reynolds number is
. | vB - vzg Dvé p
Re = £

= (3.56
int
Yg

The friction factor is evaluated from the work of Moeck (1970 pp 164 to 169) and
Wallis (1969 pp 318 to 323). (Wallis and Moeck use the Fanning friction factor
definition which is a factor of four less than the one used here. In reporting
their work in this paper, the Fanning friction factors have been converted to the
ones uged here). Experimental data which these references obtained from litera-
ture covers a range of film thicknesses, §, from §/R = Q0 to §/R = 0.1. This
£ilm thickness range corresponds to a range of o from 1 <a< 0.81. The data re-
ported by Moeck correspond to large Reynolds numbers. If these data were plotted
on Figure (3.3), all of the data would fall in or near to the region where the
friction factor depends only on roughness and is independent of Reynolds number.
Since the friction factors are above those representing the curve for smooth pipes,
the waves and ripples on the surface of the liquid are interpreted as roughness
relative to the flow of the vapor. Consequently, to relate the experimental data

to the roughness is desirable and has been done by Wallis (1969). He represented

~

the data by the equation

- A
g = 0.02 (L+ 300 ) (3.57)




tquation (3.57) also represents the data presented by Moeck (1970) adequately
although Moeck presents a different relation which is

&

1.42
E) (3.58)

£ = 0.02 1+545(
g

i Wallis also pointed out that the equation which represents the friction factor

in the Reynolds number independent regime {(Knudsen and Katz, 1958)

' T
2 w
vl 4 log = + 3.48 (3.59)

can be represented by the equation

£ =0.02 (1+ 75 (%)) . (3.60)

w

Wallis concluded by comparing Equations (3.57) and (3.60) that the roughness of

the interface could be represented by

Figure (3.8) presents Equations (3.57) to (3.60). Equatiorn (3.59) does differ

from Equation (3.60) with the consequence that for equal fri-:tion factors, e can
differ from § by as much as a factor of eight; however, four is a reasonable
approximation and will be used here. Since the experimental data only apply to

the range of 1 > ¢ > 0.81, the correlation must be extended to other void fractions.
Clearly Equation (3.61) cannot hold for §'> 0.2 since 0.2 is the value which would

D

cause the waves to span the pipe. The film thickness is related to the volume

fraction of gas by

mjum

(3.62)
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Figure 3.8 Determination of Equivalent Roughness




The model adopted for determining the roughness is

e _,. 8 s
D—4D 05_D < 0.05
W w w
(3.62)
£ - 0.4 0.05 << < 1.0
D : P Ly =
w w

The value, &/D = 0.05 was used as a cut off point because data do not exist
above that and the roughness is very high at this value. Annular flow would
probably not be selected by a flow regime map when /D is large; however, the
above model does yield reasonable values in any case. The fact that large waves
will break off as droplets and that this effect is not treated by the current
model is recoegnized.

After the relative roughness has been determined, the modified Moody diagram
[(Equations (3.27) and (3.30)] is used to determine the friction factor. Equation
(3.56) is used to evaluate the Reynolds number. A correction should be wmade for
the effect of velocity difference on the wave height. However, since the wave
height would decrease with decreasing velocity difference and the laminar flow
friction factor, which is independent of roughness, is used for small velocity
differences, the neglect of the effect of velocity difference is probably

insignificant.

3.4.4 Inverse Annular and Countercurrent (Vapor on Wzll) Flow Regimes. The

same model as used for annular flow is used to determine the wave height with the

exception that the water depth is determined from the center core radius as

§
R

- 1-Via (3.63)
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The reiative roughness or wave height 1s determined from Equation (3.62). Also,
for this flow regime v¥ 1 assumed to be approximated by vz and the interphase
friction force is assumed to be evaluated using gas phase properties. Equations
(3.51) through (3.56) are used with a replaced by 1 - a¢. The Moody diagram is
used to determine the friction factor from the Reynolds number and the relative
roughness.

3.4.5 Separated and Horizontal Scapgnation Regimes. The same wave height model

as used for annular flow is used for the separated and horizontal stagnation except
that the water depth is approximated from the depth at the center line. As observed

from Figure (3.2) the water depth is
§ ]
= @A - cos 2) (3.64)

where, 6 is related to o by Equation (3.12). Due to the approximations involved,
the maximum depth is used rather than an average denth which would require that
the model be refined. The relative roughness (or wave height) 1is determined from

Equation (3.62). The gas interphase hydraulic diameter calculated from the usual

definition is

Dg =£C!—1TSR~3—..,__
int 5 R sin C%)
or
g _ 2o7R
int

]
sin CE) (3.65)

This expression approaches infinity as a approaches unity. Since the hydraulic
diameter is used in the Reynolds number to obtain a measure of the turbulence,
Equation (3.65) 1s considered unrealistic either because it considers too mucl:
fluid or too little perimeter. The assumption is made that the turbulence level

of the gas phase would be similar to that for annular flow. The preceding definition
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is modified to include the entire perimeter of the gas phase. This modification

agrees with the definition used by Govier and Aziz (1972)

- 4anR2
int [ 219
2 R sin GE) + —3;—'ZWR
g 2a7R : (3.66)
D' =
int s:.n('e—)+ n-<
2 2

Equation (3.44) is used as the Reynolds number definition. The interphase fric-—

*
tion is evaluated by using the gas phase friction and approximating v by vl. The

Moody diagram, Figure (3.3) is used to determine the~friction'factor.

3.5 Particle Radius

For all flow regimes for which a bubble or droplet diameter is required, in

the model, the following model developed by Mugele and Evans (1951) as applied by

o Funl L LR D METATEL

Moeck (1970, p 136) for drcplets is used. A distribution was obtained by Mugele
and Evans for the droplets in terms of the maximum droplet radius. A volume mean

droplet radius, rp, was obtained as

ﬂlUﬂ

- [1+3aexp (1/46°) + 3 a° exp (1/6%) (3.67)

+a exp (9/462)] 3 .

The recommended values of a and§ are (Moeck, 1970)

a=x4
d = 0.738
so that
T
£ - 0.06147 | (3.68)
max
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The maximum particle radius is calculated from the critical Weber number which

is defined here as

2.2
2r b B -v")
We = DX C (3.69)
crit
o

where

P. = thermodynamic density of the continuous phase
and

c =

surface tension .
The values used for the critical Weber numbers are

W

3.70)
e rit 13 drops (

We = 1,24 bubbles . (3.71)
crit

The value for droplets is taken from a best fit of éata by Moeck ki970, p 134).

The critical Weber number for bubbles is based on bubble breakup due to turbulent
flow (Sevik and Park, 1973). It is recognized that this mode; does not accurately
represent bubble size and growth rate during nucleate boiling, but considers only
the effect of mechanical forces on the bubble. The use of Equation (3.69) to
determine the particle size can produce large values when the velocities are nearly

equal. The value of rp is limited by the radius that would be obtained if the flow

regime were annular. That is,

o« Vi-a' R (3.72)
for drops. and h
r, o Va'R (3.73)

for bubbles.




4, INTRINSIC VELOCITIES

The phase change processes of evaporation of the liquid phase and condensa-
tion of the vapor phase can occur due to energy transfer from stationary surfaces
within or bounding the flow field, energy transfer between the phases, and the
existence of a pressure change. The effect of the mass exchznge process on the
momentum of a phase is represented by a term of the form éa ;i (Solbrig anda Hughes,
1975) where &a is the mass generation rate of phase "a" (from phase "b') and ;i is
the intrinsic velocity of mass generation. These processes occur at the interface
between the phases within the control volume. In general, the interface moves with
its own intrinsic velocity ;i and not with the velocity of either phase.

For unequal phase temperature flulds experiencing a pressure change, condensa-
tion and evaporation can vuccur due to the several processes previously mentioned.
Only one velocity is used to represent the velocity of mass generation of phase "a"
at the current iime although use of a different velocity for each of the several
processes 1s conceptually possible. The intrinsic velocity ;a

i

each phase. It should be related tc the velocity vi and other quantitics. Some

is an unknown for

controversey exists in the literature as to whether these relations should both be
constitutive equations or whether one should be replaced with a momentum balance.
The latter view is accepted in this paper for the following reason.

When a particle of mass, m, leaves phase "a" and enters phase "b" it does not
change its center of mars when changing phase. On a continuwum basis, no time or
force is required to change phase. Change of phase of a mass simply means that a
different equation is used to account for the momentum of that mass. The momentum

of the mass exchanged must be conserved in the phase transition. That i3z,

oo
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or (4.1)

which states that the intrinsic velocities are equal. This relation would con-
flict with the assumption of setting the intrinsic velocity or a phase equal to the
velocity of the phase. That is, the relationms

;a a

1= Vi 4.2)

cannot be valid except in the degenerate case for which the velocities of both phases

are always equal. Thus, the Equation (4.2) is dismissed as being, in general,

not applicable to an equal phase pressure seriated continuum.

~

An additional equation is necessary to relate v, to other varizbles. This

relation is a constitutive equation which can depend on the flow regime. This

relation will be represented by the following

~

- g 2
vy= vy (vi ) vy ) (4.3)

where g refers to the gas phase
£ refers to the liquid phase

Other variables might be included in the argument list of Equation (4.3) for some flow

P

regimes. Some possibilities for the function v, are given in but not restricted

to the following:

1) v, = vﬁ when é <0 (4.4)

vy =V when m > O

where m is the mass exchange rate of liquid into vapor.




This relation implies that the intrinsic velocity is equal to the velocitv of

the phase that is losing mass and is the model used here.

2) v, = v, (4.3)
where " a'" is the dispersed phace.

Equation (4.5) may be derived by considering the flow from or to a droplet uniform
in all directions. The vapor leaves the surface with a velocity relative to the

surface of

v = 52
n p_A
g
where v is the velocity normal to the surface. The average value of this velocity
in any direction is zero. Therefore, the average vapor leaves the droplet at the

velocity of the droplet.

~

- g _ 2
3) v, = Bvi + (1 - R) ] (4.6)

where B is a weighting factor (0 < B < 1). This relation implies thal a continuous
velocity distribution occurs between the gas and liquid phases. When B is between
zero and unity, the interface velocity is bounded by these two velocities.

A brief literature review is included in the following to summarize what other
authors have used. Panton (1968) who analyzes a gas—-particle mixture assumes that
the velocity of the dispersed phase, Equation (4.5), should always be used. Green
and Naghdi (1969) and Craine, Green, and Naghdi (1970) analyze a multicomponent

mixture and hypothesize that vi 1s a mean velocity which will depend on the velo-

cities of the remaining components. The simplest expression which satisfies this

hypothesis for a two phase mixture is

(£.7)




This expression conflicts with Equation (4.1) except when the velocities are equal.
Nagh§i, in a private communication,[a] indicated that ;: should also be included.

This modification would be consistent with Equation (4.6). Miller (1968) indicates
that the momentum growth consists of two parts: 1) thermal-mechanical interactions;

and 2) phase change (chemical produztion). The latter portion is equivalent to the

momentua growth considered in this section. He states that vi-is the velocity of the newly

created mass. The first part is presumably related to diffusive forces which are
considered nonexistent in a two phase mixture. Marble (1969) states that as a
result of condensation or vaporization at the droplet surface, mass is transferred
between the velocities of the bulk liquid and bulk vapor. Such mass transfer is con-
sistent with Equation (4.6). The particular problem he considers is liquid droplets dis-
persed in a steam enviromment. He states that with the assumption of no shear induced
circulatory motion, the mass exchanged at the interface has the velocity of the liquid
phase. This mass exchange is consistent with Equation (4.5).

Mecredy and Hamilton (1972) subdivide the mass exchange.process into an
evaporation rate Fe and a condensation rate, Fc. These rates are related tc the

mass exchange in the present work by the relation
m = Pe - Pc (4.8)
Expregsions from kinetic theory are used to compute Fe and Fc. The momentum

growth of the gas phase is defined by Mecredy and Hamilton as

Fe v, =T & 4.9

[a] Pereonal communication, P. M. Naghdi, University of California, Berkeley, to
J. A. Trapp, Aerojet Nuclear Company (August 1974)
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where % and g refer to the liquid phase and gas phase, respectively. These expressions
were not used in the present work because they predict that é = 0 for equal phase
temprature, which precludes a net evaporation or condensation during a pressure change
and appears to be physically unrealistic for the present work.

The conclusion which might be drawn from the literature is that no agreement
has been reached as to what this term should be; however, we believe that the con-
clusion which should be drawn is that no universal method exists for computing the
intrinsic velocity, ;i' The method of calculation will depend on the flow regime.
Consequently, the intrinsic velocity calculation should be done with a correlation
vhich is dependent on the two phase flow regime. As noted by Panton (1968) for
the case in which averages are used to eliminate solving for three dimensional
velocity distributions around single particles, an assumption, or model, regarding
the distribution of the mass exchange process around a droplet or bubble is required.
For example, if evaporation is occurring uniformly around a droplet no net effect
results on the momentum of the droplet. If condensation is occurring on one half of
the droplet and evaporation on the other half, an effect would result. However,
with only averaged information available, directional effects associated with the
mass exchange processes cannot be accounted for unless these effects are included

through correlations for v,

The model which is currently used in the SLOOP code is Equation (4.4). The
+a
m used is based on the net mass exchange between phases so that only a single
intrinsic velocity, the velocity of the phase from which the mass is coming, is

used in the momentum growth term. This model is used for all flow regimes. Other

models which have been used have been discarded because they yielded physically

~

unrealistic results. For example, when v, was set equal to the velocity of the

dispersed phase independent of m unrealistic results were produced.
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5. HEAT TRANSFER REGIME MAPS ~

The UVUT theories require heat transfer coefficients and energy dis-
tribution functions which are heat transfer regime and flow regime dependent.
The heat transfer coefficients are used to determine the amount of heat which
is transferred and the energy distribution functions determine how this
energy is distributed between variou; processes. The heat transfer réegime
selection is influenced strongly by flow regime; however, more than one heat
transfer regime may exist in one flow regime. The selection of the wall heat
transfer coefficients and energy dietribution functions is dependent on the
heat transfer regime maps. The flow regime maps determine the interphase gznd
wall areas and the interphase heat transier coefficient models. The heat
transfer regimes considered, the method of selecting these regimes, and a des-
cription of how the energy partition functions are used are presented in this
gection. The heat transfer correlations are described in Section 6, and
the energy partition functions are described in Section 7.

The wall heat transfer regimes modeled include:
1) free convection to a phase

2) forced ccavection to a phase

3) subcooled and saturated nucleate pool boiling
4) subcooled and saturated nucleate flow boiling
5) forced convection vaporization

6) transition and stable film pool boiling

7) transition and stable film flow boiling
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5.1 Description of the Wall Heat Transfer Regimes

The method used to describe well known types of heat transfer in terms of the
heat transfer regimes modeled is summarized in the following.

5.1.1 Single Phase Convection. Single phase free or forced convection is the

basic heat transfer mode assumed unless other effects require that another heat
transfer regime exists such as nucleate boiling. Free convection correlations are
used for heat transfer in a phase when the velocity of that phase is effectively
zero. Forced convection correlations are used otherwise. Free convection may be
used in one phase and forced convection in the other as couditions warrant. 1In
the present model, convection correlations rather than correlations particular to
condensation are used when condensation occurs.

5.1.2 Subcooled and Saturated Nucleate Boiling. Nucleate boiling is characterized

by a wall temperature greater than the saturation temperature. Subcooled boiling
occurs when the average fluid temperature is less than the saturation temperature and
saturated boiling occurs when the average fluid temperature is equal to the saturation
temperature. A wall temperature greater than the saturation temperature implies that
some of the liquid must be at saturation condition and, possibly, some at superheated
liquid conditions. Liquid is in contact witﬂ the wall. Bubbles are formed at nuc-
leation sites at the wall. When the bubbles are large encugh, they detach from the
wall and migrate into the liquid where they probably condense. Both nucleate pool

and flow boiling are modeled with the former occurring when the velocity of the liquid
is effectively zero. Nucleate boiling can occur in several flow regimes including
separated flow. 1In separated flow, the vapor may be receiving heat by forced con-
vection while the liquid in contact with the wall is experiencing nucleate boiling.

Of course, many other situations are possible in separated flow and many of these

are taken into account in the selection of the heat transfer regime.




5.1.3 Forced Convection Vaporization. This is a heat transfer regime associated
with nucizate boiling in high void fraction annular flow. The heat transfer coefficient
is convective in nature because it is strougly flow dependent. Nucleate boiling is
assumed to be suppressed in this regime (Tong, 1965).

5.1.4 Transition Boiling. Traneition boiling is a transition region between
nucleate boiling and stable film boiling.. Portions of the wall are wetted and
alternately dried out in a random oscillating manner. These oscillations give rise

to local fluctuations in the wall temperature.

5.1.5 Stable Film Boiling. Stable film boiling is characterized by the liquid
not toucﬁing the wall due to a vapor film next to the wall. Thé liquid may be
either continuous as in inverse annular flow, or discontinuous as in dispersed droplet
flow.. No special correlation is required to describe this region. The UVUT théory
will describe this regime by free or forced convection to the vapor and a small contri-
bution to the liquid with the transition boiling correlation.

5.1.6 Partial Nucleate Boiling. The transition region between convection and

nucleate boiling is accounted for as the point where the nucleate boiling correlation
gives a larger heat flux than the convection correlation. For simplicity a partial
nucleate boiling correlation to represent'the transition between these two regimes,
as summarized in Tong (1965, p 113), is not used here. Future refinements could

include such a correlation.

5.1.7 Condensation. Condensation does not require special correlations. It is

represented with convection correlations. When a liquid film is formed on the wall
as in annular flow, heat transfer from the liquid film is calculated by convection.
Heat is transferred from the vapor to the liquid by appropriate interphase processes
described in Section 6. When a dispersed flow regime is present, convection is as-
sumed to account for heat transfer to both phases. Any liquid £ilm which is formed

by condensation is assumed to drain directiy into the main body ¢f the liquid.
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Condensation is treated here in a much simpler manner than beiling
because a complete parallelism does not occur between boiling and condensation.
Dropwise condensation (nucleate condensation) is analogous to nucleate boiling
and film condensation is analogous to film boiling. However, Merte (1973, p 227)
pointed out that experimentally steam will condense dropwise on metal surfaces
only under special cenditions, with noble metals of special drop promoters. Film
condensation, on the other hand, can occur spontaneously on most surfaces. Merte
(1973, p 266) also pointed out that even when dropwise condensation eccurs, no
corresponding peak heat flux (departure from nucleate condensation) has been ob-
served experimentally. Therefore, since only film condensatiun can occur, represen-
tation of condensation in terms of convection correlations is reasonable.

5.2 Method of Wall Heat Transfer Regime Selection

The method of selecting the wall heat transfer regime is shown in Figure (5.1).
Selection criteria tests are based on the relation between the wall temperature and
the phase temperatures, the volume fractions, the phase velocities, the magnitude
of the heat flux, and the flow regime. This map is based on wall temperature (among
other variables) as an input and wall heat flux as an output. Heat transfer between
the wall and the fluid is characterized in two ways. The heat transfer rate per unit

wall area (heat flux) is represented by q, and the heat transfer rate per unit volume
is represented by q,- These heat transfer rates are related by
= a9 ¢
G T Ay
where Aw is the wall area per unit volume available for heat transfer.
Initially, the wall temperature is compared to the saturation temperature. If
the wall temperature is greater than the saturation temperature, then only free or

forced convection can be occurring in any vaper that may exist. The test for free or
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forcaed convection to a phase is included in tne insert in Figure (5.1). Heat
transfer coefficients for free convection hwa,Fr and forced convection hwa,Fd are
computed and the large: is selected. A free or forced convection test is then
made for the liquid if any liquid exists., This test 1s used to determine which
type of boiling (pool or flow) will be considered. The basis for the test for
boiling is shown in Figure (5.2).

Both the convective (one phase liquid) and nucleate boiling heat fluxes are
calculated for the given value of Tw' If the convective heat flux is greater than
the nucleate boiling heat flux, one phase convective heat transfer is assumed.
When the nucleate boiling heat flux is greater, the critical heat flux (CHF) is
calculated and compared to the nuclcate boiling heat flux. If the CHF value is
greater than the nucleate boiling heat flux, nucleate boiling is assumed unless
flow boiling occurs with a > 0.9. When flow boiling occurs with a > 0.9, bubble
nucleation is assumed to be suppressed, and the wall heat transferred to the liquid
is by forced convection vaporization. Although the correlation which is used was
developed primagily from annular flow data, it is also applied in any flow regime
which occurs when Tg < Tw < TCHF and a > 0.9, The test for forced convection
vaporization could be improved (Tong, 1965, p 119 and Hsu, 1962) but the current
model is considered adequzste for present purposes. Similarly, the transition
between convective and nucleate boiling (partial nucleate boiling) could be im-
proved (Tong, 1965, p 112) but the current model is considered adequate for present
purposes.

The wall area available for heat transfer between the wall and each phase
differs from the wall area for friction in some flow regimes. When the heat
transfer is by convection to a single phase liquid, or by nucleate boiling in the

bubble and froth flow regimes, the wail area per unit volume for heat transfer

between the wall and each phase is

q _
Awl = Aw (5.1)
a9 =0 . (5.2)
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Figure 5.2 Selection of Liquid Heat Transfer Regime
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In these regimes, a liquid layer is assumed to exist which covers the wall and
is essentially stationary. This layer effectively insulates the vapor from the
wall but provides an effective wall area to the vapor for resistance to flow.
The nature of this liquid layer in nucleate boiling is related to the manner in
which heat is transferred at nucleation sites. Bubbles are formed at nucleation
sites but a superheated liquid layer separates the bubbles from the wall except
for the area of the nucleation site itself (Snyder and Robin, 1958). The wall
area exposed to the bubble is much smallér than the cross-sectional area of the
bubble itself. Consequently, a small amount of area is exposed directly to the
vapor which is neglected in the current model.

The wall heat transfer area model in Equations (5.1) and (5.2) is used for the
annﬁlar and slug flow regimes but the wall areas for heat transfer in these regimes
are the same as the wall areas for friction. In regimes for which the wall areas

for heat transfer and frictinon differ, the heat flux to the vapor is recalculated

when the heat transfer to the liquid is calculated. The separated flow regime is
similar to the annular regime except that only the lower portion of the wall is
available for nucleate boiling. The area for friction is, thus, the same as for
heat transfer. The dispersed flow regime is considered to exhibit the process of
convection or boiling in dropiets on the wall when critical heat flux is not exceeded

and the liquid coverage of the wall is limited to the crosg-sectional area of the

ggvelobeila

drop. The heat transfer wall areas used for this regime are consequently the same

as the areas calculated for frictiom.

If the nucleate boiling heat flux is greater than the critical heat flux,
transition or stable film boiling heat transfer is assumed. The transition-film

boiling models in Section 6.1.7 describes heat transfer in both the transition and

stable film boiling regimes. The stable film boiling regime as shown in Figure (5.2)

g
£
&
#
g
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applies only to the heat transfer between the wall and the liquid phase, which
does pot increase with increasing wall temperature as does the total wall heat
flux (Tong, 1965, p 2). The models described in Sections 6.1.6 and 6.1.7
compute a nonzero heat flux for the liquid phase in stable film flow boiling

and a zero value in pool film flow boiling.

The wall heat transfer model for film boiling in the dispersed or in-
verse annular regime specifies that the gas phase covers the entire wall but does
allow direct transfer of heat from the wall to the liquid even though the liquid
does not touch the wall. The medel acts as if the total wall area were available
to both phases. The transition region is a combination of the critical heat flux
and film boiling heat flux. This combination is made by use of a correlation
which specifies the probability of nucleate boiling, PN’ and the probability of

film boiling, PF*

Py = exp [- 0.693 (T, - TCHF)] (5.3)
and

P.+P =1,
F N (5.4)
The area for heat transfer to the gas phase is

q9 _ .
Awg Aw PN (5.5)

Two areas are used for the heat transfer to the liquid, one fcr the

nucleate boiling contribution

Al AL P

wi,NB = %% °F (5.6)
and one for the film boiling contribution

“a i -

AwE,FB Aw PF . (5.7)

*Personal communication, W. A. Yuill to J. A. McFadden, January 1974
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At the current time, only Inverse annular ~ad disper=zed flow can occur in the
flow regime map for postcritical heat flux conditions. However, a provision
is made for separated flow and the stagnant horizontal regime in the wall heat

transfer regime map by correcting the wall areas for the amount of wall area

which is exposed only to the vapor

. - -
SEERE N 2 (5.8)
Al A p (5.9)
wl,NB wl N *
Al - P . (5.10)
we,FB _ wi °F .

Finally, if the wall temperature is less thar the saturation temperature,
then only free or forced convection can cccur in the liquid., Since no special
correlations are used for condensation, free or forced convection is selected
for the vapor also.

5.3 Relationship Between the Heat Transfer Mechanisms and Energy
Partition Functions

In a two phase system with unequal phase temperatures, five heat transfer
s« misms (governed by the heat transfer coefficients) must be considered. To
determine the proper distribution of mass and energy resulting from these proces-
ses Hocevar, et al., (1975) give a detailed description of the heat transfer
mechanisms, the energy storage processes, and the use of the energy partition
functions. This section summarizes the relationship between the heat transfer

mechanisms and energy storage pressures.
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5.3.1 Heat Transfer Mechanisms and Energy Storage Processes. The five

heat transfer mechanisms considered in solving the UVUT equations which are

governed by heat transfér coefficients are:

a) heat
b.) heat
¢ ) heat
d) heat

e) heat

can produce either

1

2

transfer to the liquid phase from a surface
transfer from the liquid phase to a surface
transier to the vapor phase from a surface.
transfer from the vapor phase to a surface

transfer from the vapor phase to the liquid phase

The energy tr#fAsferred by these heat transfer mechanisms

a temperature change or a phase change, depending on how

the transferred energy is stored. The eight enexgy storage processes are:

heating of a subcooled liquid,

heating of a superheated vapor,

boiiing of a liquid with an avarage liquid temperature
less than the saturation temperature,

condensation of vapor with an average vapor temperature
greater than the saturation temperature,

boiling of liquid with an average liquid temperature
equal to saturation,

condensation of vapor with an average vapor temperature
equal to saturatiom,

cooling of a superheated vapor, and

cooling of a subcooled liquid.
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Convection, boiling, and condensation processes result by
combining the heat transfer mechanisms and energy storage processes. Mech-
anism "a2" and process "1" represent convection from a surface to a liquid.
Boiling of a subcooled liquid by a vapor is represented by mechanism "e"
and processes, "1", "3", and "6".

The heat transfer mechanisms can result in mass exchange,
depending on which energy storage process is involved. The rate at which mass
is produced in such a process can be computed by dividing the heat transfer
rate by the heat of vaporization.

The various combinations of heat transfer mechanisms and
energy storage processes, including the mass exchange processes, are summarized

in Figure (5.3).

5.3.2 Use of Energy Partition Functions. The energy partition functions

are used to determine the energy distribution when two 2nergy Storage processes
are possible. An example is boiling of a subcooled liquid. Part of the

energy transferred from the surface to the liquid goes to heating the liquid, 9,1
and part goes to vaporizationm, 9,3 If the total heat transferred to the

liquid is Q09 and FaB is the fractien of this energy which is used in vaporiza-

tion, then

9 = (@ -F3) q, (3.11)

and

U3=Fa3 4 . (5.12)

69



! &ol
a ~ 3 dg3=(hgs—h,s )M g3
5 q05=( hgs- h‘s)mas
b
%8 8
c ™2 Gc2
a47 7
%4 (Ng =Py Imyg | 4 T d
U= hg M Iy |8 |
%7 e ™! Get
© . L) ) .
qe4— hgs"h’s )me4 4 1 € > 3 qe3-(hgs "h’s )me3
an‘:(hgs"h!s )mes 6 — —{ 5 | q35=(hgs -h’s )mes
ANC-A-4730

Fipgure 5.3 Vossible leat Transfer Mechanisms

and Encrpy Storage Combinations

70




.

Three other energy partition functions are required. Heat
can be transferred from a superheated vapor to a surface vy cooling or

condensation of the vapor F,, is the energy partition function which deter-

d4
mines the fraction of the energy which goes into condensation.

The other two partition functions are associated with heat
transfer mechanism "e" which is heat transfer from the vapor phase to the
liquid phase. These functions are Fe3 and Fe4 and their use is analogous to
Fa3 and Fdh'

Energy partition functions are also used to determine the
amount of fluid at saturation conditions when the entire fluid is not at
saturation conditions. This information is required in order to describe
the interphase heat and mass transfer which occurs duc to depressurization.
For example, the mass partition function (ratio of liquid at saturatiom to
total liquid), for subcooled liquid can be directly related to the appropriate
energy distribution functions.

The assumption is made that the mass cf the liquid can be

subdivided into portions affected by the wall, m, , and by the other phase,

wall

o, as
vap

m, =m, +my . (5.13)
wall vap
A similar relation holds for the vapor. The energy partition function for a
liquid, with an average temperature less than the saturation temperature

in contact with a wall specifies the split of heat which goes into latent

and sensible heat. This split may be interpreted as being due to the relative
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amount of liquid which is at saturation and which is truly subcooled.

This

interpretation implies that the mass partition functions are equal to the

energy partition functiomns.

Thus the amount of mass at saturation conditions

due the wall, m, , and due to the vapor, m , is
wall vap
sat sat
oy = Fam (5.14)
wall wall
sat
m, = Fe3 o, . (5.15)
vap
vap
gat
The total mass of liquid which is saturated is given by
a = mz +m A (5.16)
sat wall vap
sat sat

The total fraction of the liquid which is saturated can be determined by

combining Equations (5.13) through (5.16)

m F,.n +F . m
*sat _ 3 Pwam @3 Hyy (5.17)
ml ml +m
wall vap

The mass of the liquid which is affected Ly the wall and the vapor will be

assumed to be proportional to the heat transfer areas between the liquid and

wall, Zgl’ and the liquid and vapor, A%

m

gl

74
Pag (5.18)

Yall
')

G|
Ry, + A1
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. NS

—vap _ (Bt 4 (5.19)
ng + 5‘;2

In the limit, the fraction of liquid at saturation will be ualty when the

energy partition functions are urity. The mass of vapor at saturation is
deternined in the same manner.

Other r.odels could also have been considered. For example,
the energy partition functions used to determimne the fraction of the masses
that are saturated could be different than those used to determine the energy
split. Experimental data might show that Equations (5.18) and (5.19) saould
be modified for different flow regiumes.

The heat transfer coefficients and energy partition functions

used are described in the following two sections.
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6. HEAT TRANSFER COEFFICIENTS
In the UVUT equations, the energy per unit volume transferred between
a surface and the liquid phase, 9,00 and a surface and the vapor phase, qwg’

and the interphase energy exchange, qgg, mnust be determined. The rate of energy

exchange per unit volume between a surface and the fluid is

q, = q, + qwg (6.1)

where q, = (sz + AWg) q,» (6.2)
- -
Ue™ Ag Bue (T~ Tpds (6.3)
I
= h T -T . 6.4
U™ Aug Dug (T, g) (6.4)
hwl = heat transfer coefficient between the wall and
the liquid
and hw = heat transfer coefficient between the wall and
€  the vapor.

The interphase erergy transfer rate per unit volume is

= Al -
Qgg = Bgp Bgg (Tg = Tp) (6.5)
where h ., = heat transfer coefficient between the gas and

g% liquid phase.

The correlations used to determine the heat transfei rates are described in this

section.

6.1 Wall to Phase Heat Transfer

The correlations used for heat transfer between the wall and a phase
for all wall heat transfer regimes are discussed in the following.

6.1.1 Single Phase Free Convection, The heat transfer coefficient

for free convection is computed frem the correlation (Jacob and Hawkins, 1947,
p 128).
/3

(6.6)

32
hal ’—l Bg(Tw_Ta) D pa)(cpu\

= 0.135 } {
L\ u 2  k
a
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ATRHER T

where B = coefficient of linear expansion of the surface material

cp = sgpecific heat
k = thermal conductivity
hwa= wall to phase "a" heat transfer coefficient

and g = gravitational constant.
This correlation is an average between a correlation from
vertical plates and cylinders (for which the coefficient is 0.13) and a
correlation for heat transfer from hot plates facing upward or cooled
plates facing downward (for which the coefficient is 0.14). This expression
is valid for turbulent free convection and is a reasonable approximation
for laminar free convection.

The wall to phase heat transfer rate per unit volume is

=~ Al - o7
Ua = A2 P (Tw Ta) : (6.7)

In the bubble or froth flow regime when Tw > Ts’

Al =0
wg

4 -
Al <A, .

In all other regimes, the wall area for heat transfer is the same as the wall
area for friction.

6.1.2 Single Phase Forced Convection Correlaticas for forced con-

vection heat transfer to single phase fluids were review: Although most

of these correlations showed negligible diffevences for heat transfer to
water, significant deviatione result when they are applied to heat transfer
to high pressure, superheated steam. Forced convection heat transfer to both
gubcooled water and superheated steam appears to be best correlated by the

Colburn (1933) equation,

/mm )(%u) DG
= 0.023 (——— ) ‘ 6.8
k cpr A k £a u a ( )
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Subscript "b" refers to properties evaluated at the bulk temp-
erature of the fluid and subscript "“f" refers to properties evaluated at the

film temperature, Tf.given by

=1
Tg =35 (T, +T

f b) -

Equation (6.8) can be rearranged in the form
0.8 0.33

cu c
BD\ | 0.023 L4} 2 Pb . (6.9)
k k c
f/ja Yt£/a fa pf/ a

This equation is the Dittus-Boelter equation (DBittus and Boelter, 1930) with three
exceptions. The Dittus-Boelter equation ig evaluated in terms of bulk properties and
a value of 0.4 instead of 0.33 is used as an exponent of the Prandtl number,

cpu/k. The same model is used to compute 9. from hwa as in free convection.

6.1.3 Subcooled and Saturated Nucleate Pool Boiling This regime can

only occur when Tw > Ts. The correlation of Rohsenow (Rohsenow, 1952 and
Frost and Li, 1971) is used to determine heat transfer to the liquid for

nucleate pool boiling. This correlation is

1/3
y 1/2 ,
AT L ¥ o (_“_i_c_m_) . .10
hfg sf ¥, hfg pg‘-og kz

The coefficient Csf depends on the surface-fluid combination, and

is taken as 0.013 (Coliier, 1972 p 124). This equation may be solved for q, as

3 -1 )3 - 1/2
. k, (T,-T,) Py~ P
q, = 3 5 3 5 . (6.11)
Cgp)™ ¥y by
The volumetric heat flux to each phase for bubble and froth flows is
T T Ay %y 6-12)
and qwg =0 . (6.13)
In all other flow regimes
qwz = ‘?wg‘ qw (6-14)
and g = Aug Pug (Tw—Tg) (6.15)

where hwf is the appropriate convection coefficient.
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6.1.4 Subcooled and Saturated Nucleate Flow Boiling The Thom (Thom et al.,

1966) correlation is used to compute the heat transfer coefficient from the wall

to the fluid during subcooled and saturated flcw nucleate boiling. This correlation

is
(T -1)e P/12607) 2 )
= w 5 (6.16)
v 4.32
where P = 1local pressure, psia.

The heat transfer to each phase ir: calculated in the same manner as in nucleate pool
boiling. At present, saturated nucleate boiling is treated the same as subcooled

nucleate boiling, with the only difference being that the liquid is at the saturation

temperature.

6.1.5 Forced Convection Vaporization In the case of annular flow with

u » 0.9 wall heat transfer is assumed to occur by a forced convection-vaporization
mechanism. In forced convection-vaporization, nucleate boiling in the liquid film
is suppressed and energy transfer from the wall is by forced convection in the
liquid film, with vaporization occurring at the film—vapor core interface. The
Schrock-Grossman {1957) corvelation is used to compute an cverall heat transfer

coefficient, hw in the following:

h .

w 0.4 GDEw(l—x') 0.8~ L 0.75
Nu = (2.50) (0.023) pr.° ————— — (6.17)
2 H b4
L tt
where
h
wi w
Nu = -—--k———‘- (6.18)
L
x! = upgvg/(apgvg + (1-a)pzvg) (6.19)
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= g - 2
G apg v2 + (1-a) CPI

1 <" 0.9 Pe 0.5 (.‘i& 0.1
—=\ S ; ) (6.20)
et g e

Substitution of 1/Xtt into Equation (6.20) yields
0.8 )

3
S ' ' 7
Ne = (2.5) (0.023) Prg.a [_‘_JE] (1-x)0+125 ' 0-675 p—&0.375 My 0.0 .'26.21)
3 o Yo

This expression is well behaved at ¢ = 1. The wall heat flux is
qw = hw (Tw-Tl)
The wall heat flux per unit volume to each phase is calculated in the same manner

as for nucleate boiling.

6.1.6 Transition and Stable Film Pool Boiling The transition boiling regime

is described by the combination of the heat flux at critical heat flux and the heat
transfer to the liquid in stable film boiling. In pool boiling, the heat transfer
directly to the liquid in stable film boiling is assumed to be zero. The heat

transfer to each phase is given by
X!
=A' h T -T (6.22)
g = Aug Pug Ty
where hwg is the appropriate convection coefficient and

ICT
W = %ae,n8 Ycur (6.23)

Equations (5.3) through (5.10) are used to compute the area terms.

6.1.7 Transition and Stable Film Flow Boiling A model was developed to cal-

culate reat transf-r to the liguid phase in stable film boiling. This model uses
the Reynolds flux analogy (Wallis, 1968) to ccmpute the flux of liquid to the wall.
The model assumes that the droplets appreaching the wall are repulsed by the vapor

generated on the portion of the droplet facing the wall.
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To extend this model to account for heat transfer between the

wall and the liquid in the transition boiling regime, a weighted combination of
the wall to liquid heat transfer rates for the CHF and stable film boiling condi-
tions is used. The weighting factors are related to the probability of the liquid

wetting the wall [ equation (5.3)]. The expression for the heat flux to the liquid

phase is ]y 2
(1-o) £ P lv ”—‘V\ po+p e qwz p_m (b 's'hz) (6.24a)
q‘wZ [ Xp h 26 P 4
g

where

;r = molecular velocity of the liquid normal tc the wall,

= 2

0 T P |v |
and

p_ = mixture density.

m

The molecular velocity

v = |—

is associated with the molecules leaving the liquid surface, where

k = Boltzman constant

m = Molecular weight
Equation (6.24) could be solved iteratively for &wl' The present model in UVUT
approximates éwc in the exponent on the right hand side of Equation (6.24) by the
critical heat flux. This approximation will result in a slight but not serious,
underestimation of the nucleate boiling contribution to the total liquid heat

flux. The heat transfer rate to the liquid phase per unit volume rhen is

9 A .
(1-a) £ p v lv -
q = L2 3 l \ —_ Aq + Aq ex - qCHF pm h -h
wi 8 V. “we,FB  “wa,NB P 2¢ h_ . gs 2L (6.24b)
T *Foeg™ Pg

The coefficient for heat transfer between the wall and the vapor is

computed from Equation (6.8) and the wall area terms are calculated by Equaticns

(5.3) through (5.10).
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6.2 Interphase Heat Transfer

To compute heat transfer between phases at uncqual temperatures, four

heat transfer mechan:sms must be considered. These mechanisms are

1. Conduction within the liquid (vapor)
2. Condensation of vapor on the surface of the liquid

3. Convection of sensible heat to the surface of liquid
(vapor)

4. Evaporation of liquid from the liquid surface.

The net interphase heat transfer can be computed by modelling just two of

these mechahisms, conduction and convection. To illustraie this modelling the

case of a subcooled drop in a superheated vapor is considered.

When the drop is placed in the vapor, the tesmperature at the surface
of the drop rapidly approaches the saturation temperature.. Conduction heat trans-
fer will continue to dominate until the temperature profile in the drop is such
that convection of heat in the vapor to the surface of the drop equals conduction
of heat in the drop. As.the drop contlnues tz warm (Tl > Ts)’ convection in the
vapor becomes the dominant form of interphase heat transfer. Condensation and
vaporization occur when convection and conduction modes of heat transfer 2re un-
equal. 1If conduction from the surface of the drop to the interior 1s greater
than convection from the vapor to the drop surface, condemsation will occur. If
the convection heat transfer is greater than the conduction heat transfer,

vaporization will result.

A similar discussion could be presented for a superheated vapor bubble

in a continuous liguid phase.
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The interphase heat transfer is dependent on the interphase
geometry, so the interphase heat transfer models are given for the tflow repiues
discusged in Section 2.1. The nomenclature for the heat transfer coefficients and

heat fluxes is described in Section 5.3.

6.2.1 Bubble, Froth and Vertical Stagnation Regimes For these ilow regimes,

the vapor phase is in the form of bubbles with radius rp. The heat transfer rate
due to convection in the liquid phase is computed from the rate at which the bubble
collapses (Moalem and Sideman, 1973). The heat flux at the bubble surface can be

related to the rate of bubble collapse. The resulting heat transfer coefficient

for convection in the liquid is

i -0.33
2| v'-vB | 0.25 Pr 1/2
L (6.25)
h = k
el 2 Ta_r
Lp
where aQ is the thermal diffusivity for the liquid phase,
k
a, =~ (6.26)
pz-pl
The heat transfer rate is
] = - 6.27
clel hel (Ts Tl). (¢ )

The heat transfer due to conduction in the bubble is based on approximating

the time dependent heat transfer by a time independent solution. The resulting -

heat transfer coefficient is
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k
h ;= 8.G67 ;& (6.28)
- P

and the heat transfer rate is

= - 6.29
Qg7 hé7(Tg Ts)' ( g

The interphase heat transfer rate, &gz’ is the maximum of the values given

by Equations (6.27) and (6.29). 1If &e7 is greater than &el’ the amount of heat

which goes into boiling is &e7 - del and if &el is larger, the amount of heat

obtained from condensation is iel - ﬁe7.

6.2.2 Apnular, Slug and Countercurrent (Liquid on Wall) Regimes

In the

et

\present UVUT model all the liquid is assumed to be found in an zmnular film for

these flow regimes. Thus, the interphase heat transfer occurs only at the liquid
\

1
film-vapor core interface.

The heat transfer coefficient for conduction in the liquid film

i kl
hel =‘E; (6.30)

where 62 is the film thickness, which is

i

- =D N
62 =R - Ri =3 1-vae) (6.31)
The heat flux in the liquid due to conduction is
ey = he1 CIs - Tl)' (6.32)

The heat transfer coefficient due to convection in the gas

center core is computed From the Dittus—Boelter (1930) correlation,



PN AR

0.8 | 0.4

Nu = 0.023 Re Pr ’ (6.33)
where for the case of annular flow
h o, 2(R-4))
Nu = e7 % (.6-34)
kg
£ g -
p {v v 2(R-4 ) -
Re = _i ‘ Lo (6. 35)
ug
The interphase heat flux due to convection is
o7 = he7 (Tg - Ts) (6. 30)

and the net interphase heat transfer is given by the maximum of the values from

Equations (6.32) and (6.35) with the amount of energy going into phase change

calculated as in the previous case.

6.2.3 Diépersed Rggime In the dispersed flow regime, the interphase
heat transfer occurs between the continuous vapor phase and the droplets of
radius, rp. The heat transfer coefficient for conduction to the liquid droplets,

hel’ is analagous to Equation (6.28) and is given by

h . = 8.067 =% (6.37)

and the heat transfer rate is

. = - .36
qel hel (Ts TE). (6 )
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The heat transfer coefficient for convectign, he7’ in the

continuous gas phase is the Frossling equation as given by Fuchs (19593,

Nu= 2(1 + B ReC"? ers ) (6.39)
or N
_ 1 0.5 ., 0.33 6.40)
h,=[1+8Re""pr ] (
P
where B = 0.37
g _ gl
pg
The heat transfer rate for convection then is
i . = -7 (6.42
Qa7 he7 Crg rls) (6.%4)

The interphase heat transfer, qu, is the maximum of the values

given by Equations (6.38) and (6.42). If ée? is greater than del’ the amount
of heat which goes into boiling is &e7 - del and, 1if del is larger, the amount
of heat obtained from condensation is del - de?'

6.2.4 Inverse Annular and Countercurrent (Vapor on Wall) Eegimes The

interphase heat transfer for these flow regimes is determined by considering
conduction in the vapor film (radiation is neglected) and convection in the

center liquid core.

The heat transfer coefficient due to conduction in the vapor

file is

(6.43)

kg
he7 * 3
g
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where 6g’ the vapor film thickness, is computed from Equation (3.23) as

8, = RQL -~V = %»(1-\/I:a) _ (6. 44)
The heat flux due to conduction is
9e7 © I1e7 (Tg . Ts)' (6.45)

The heat transfer coefficient for convection in the liquid is determined

from the Dittus - Boelter (1930) correlation,

46
Nu = 0.023 Re®"® pr, 04 : (6.46)
where
h 2 (R-6)
Nu = —S;_if——__li- (6.47)
2
P Ivz-v*l2(R—6 )
- L : §:a (6.48)
Re = m . ’
2
The interphase heat flux due to convection is
. = - 49
Qg1 = Bop (Tg ~ Tp) €6.47)

and the net interphase heat transfer is computed as discussed in Section 6.2.1

6.2.5 Separated and Horizontal Stagnation Regimes In the separated and

horizontal stagnation flow regimes, convection will be the primary mode of heat
transfer in both phases except for very small and very large values of the vapor
volume fraction. If the interface is at the saturation temperature, net con-

densation or evaporation can be determined as in the previous sectioms.
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The. convection heat tranafer coefficient for the liquid

phase is computed from the Dittus — Boelter (1930) ~quationm,

Nu = 0.023 Re, ° pr, 0" (6.50)
where
n. pt
Ny = —el —int (6.51©
u = S 1at
kg ;
and
Dt = 3% (6.52)
Sin 5 +n1— 2
and the Reynolds number is given by Equation (3.44).
The convection heat transfer coefficient of the vapor phase
is computed from
_ 0.8 0.4
Nu = 0.023 Reg Prg (6.53)
with ¢ .
h D
Nu = —=f_iat (6.54)
k
24
and Diit computed from Equation (3.66) and Reg computed from Equation (3,44).
The interphase heat fluxes are
Qgq = hel (TS - T&) (6.55)
and
97 = h'e? (Tg - Ts) . (6.56)

The net interphase heat transfer is computed the same as tor the other flow

regimes.
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6.3 Critical Heat Flux

Critical heat flux correlations for both pool and forced comnvective boiling
are required to determine both heat tvansfer and flow regimes. The CHF cor-
relations presently used in UVUT are discussed in this section.

6.3.1 Critical Heat Flux in Pool Boiling The CHF correlation for sat-

urated pool boiling is based on the correlation of Kutateladze (1952). This
correlation is obtained by determining the flux of vapor from the heated sur-
face which is sufficienr to keaep the liquid phase from reaching the surface.
Zuber (Tong, 1972, p 52) verified this correlation with a tteoretical analysis
based on the postulate that a pool boiling crisis is caused bty a Helmholtz

instability at the interface of a counterflow of two immiscible fluids. Zuber's

correlation is

7

1
2
. P
_ _ L
Ienr,sar = 016 he VB log(o) - 0 )] [——_"1 — pg] (6.57)

This correlation reduces to the Kutateladze form when Ch >> pg. For a sub-

cooled liquid, the critical heat flux had been correlated by Ivey and Morris

(1862, 1965) as

_ 0.75
q p I 4 c .
HF
q?g-— =[1 + 0.1(——“—) Hl’i) (T -1 )] (.58)
CHF , SAT Pg 7 fg! S F

The combination of correlations (6.57) and (6.58) Z= used here for both subcooled
and saturated pool boiling CHF.
i The flow regime selectiom logic, Figure 2.1, requires the wall temperature
corresponding to critical heat flux. This temperature is obtained by substituting

the value of aCHF calculated by Equation (6.58) into the Rohsenow ecorrelation

| Equation (6.1 d i .
‘ Ltq (6.10)] and solving for Tepp
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6.3.2 Critical leat Flux in Flow Boiling The critical heat flux correlation

used in UVUT is based on a model developed by Yuill and Mills (1973). This model was
derived by considering that CHF occurs when the wall heat flux is just sufficient
to vaporize all the liquid in contact with the wall. The Reynolds flux model (Wallis,

1968) is used to compute the mass flux of the liquid to the wall.

The equation for the critical heat flux is

(1-a)e & lv] W

CHF 8 2¢ Yo (6.59)
ov g
where
f = Moody friction factor
m = mass flux of vapor from the wall
f

= 2

% El ﬁmlv I -

Dm = mixture density ,

At the critical heat flux condition, all the liquid reaching the wall is vapor-

ized, and leaves the wall with a mass flux of m. This condition is expressed as
Tour = " Reg - (6.60)
To compute the CHF value, Equation (6.60) is sbived for m and sustituted into Equation
(6.59). The resulting equation is solved using a Newton - Raphson method, with the
initial estimate of dour being the present value of the wall heat flux.
To determine the temperature corresponding to critical heat flux for use in the
flow regime map, the Thom correlation [Equation (6.16) ] is solved inversely for

Te = Toup

- . 10.5 ~P/1260
Toup = Tg + 4.32 (3,077 ¢ . (6.61)
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7. ENERGY PARTITION FUNCTIONS

As mentioned previously in Section 5.3, the energy partition functicns
are used to partition the energy which is calculated to occur due to heat trans-
fer coefficients between competing energy stcrage proceszes. A set of proto-
type energy partition functions was used in the SVUT code by Hocevar, et al
(1975). These functinns were not based upon physical models but were developed
only to produce reasonable results from the SVUT code. The models presented here
are based on physical models and represent an improvement over the prototype
models. Restrictions are placed on all energy partition functions in order to
restrict physically unrealistic events from occurring such as tie complete dis-~
appearance of a subcooled liquid below saturation. The four required energy
partition functions are described in this section and compared to the appropriate

restrictions.

7.1 Ffurface to Liquid Hea:t Transfer - All Heat Transfer Regimes

The energy partition funztion for subcooled boiling associated with a
wall is the ratio of the amount of energy which goes into subcooled boiling to
the total amount of heat transferred from the wall tc the liquid,

)
a3 Qg (7.1)

The amount of emergy going into subcooled boiling is the difference between

the total heat transferred to the liquid and the amount convected and conducted

into the liquid and is given by

%37 % T % A T =Ty 7.2



vhere hc is the appropriate free or forced convection heat transfer coef-

ficient for the liquid phase as determined in Section 6.l.1 or Seztion 6.1.2.

The energy particion function is

F =1 - hC Awﬂ. (TS_ZL)
a3 e (7.3)

The only reason that the energy partition function is needed in this applica--
tion is to make certain that the restrictions inberent in the nonequilib-

rium process of subcooled boiling are satisfied. The value of q,4 can be used

A (Tw - '1‘9.), the energy

directly in application, if desired. Since 9y = hwﬂ -y

distribution can be expressed as
h c (’l‘v13 - Tﬂ.)

. (7.4)
F ,'= 1 - g——rte——as
hw?. ('Tw - Tﬂ)

a3

The value of Fa must satisfy

3
0<F<i,

The only possible violation occurs if'hwl < hcl For a given set of conditions,

hc should be the loweat heat transfer coefficient encountered for any flow re-

gime. Since Fa3 is applied only when Tw 2> Ts' then Fa should always satisfy

3
the preceding criterion. A nonzero Fa3 will be calculated whenever Tw > Ts.
Therefore, subcooled boiling is calculated to occur whenever Tw > Ts'

This form of Fa3 also compares favorably to the following ecriteria:
1) FaB increases as the subcooling (T‘3 - Tﬂ,) decreases; 2) Fa3 approaches unity
as the liquid temperature approaches saturation; 3) Fa3 incrsases as ('I'w - Ts)

increases, and 4) To 2ssume that all the liquid will not be evaporated less than

the saturation temperature is reasonable for flow regimes for which the wall
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area is proportional to the volume fraction of the liquid in accordance with

the heuristic arguments f:n Hocevar, et al (1975). The liquid could fail this

rriterton for other flow regimes but no test problems have shown the critevion
to be violated.

7.2 Vapor to Surfacs Heat Transfer - All Heat Transfer Regimes

The energy partition function for superheated condensation associated with
a wall is the ratio of the amount of energy which comes from superheated con-

densation to the total heat transferred to the wall from the vapor:

Py = :—:f‘- , (7.6)
24
The amcunt of energy coming from superheated condensation, 944> is calculated
as the difference between the total heat transferred to the wall and the heat
convected from the vapor and is given as:
a4 = Y ~ Bg By T =T ¢-n

where hC is the appropriate free or forced convection heat transfer coefflicient

for the vapor phase. The energy partition functiou is

h, A (T -
Eg(g TS

C S
F =] -
d4 . 7.8
Uyg (7.8)

si = A -
nce qwg hwg Awg (Tw Tg), then Fd4 may be exzpressed ag

h (T, -T)
Fag =1 - == (7.9
h, (T -T) - -9)

The value of %4 will be in the range

0 E-Fd4 <1
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aa long as h_“s 2 h c which is reasonable to expect. A nonzero F,, will be

calculated whenever T < T and F,, is calculated only when T s T . F,, in-
w s da €8s

dé
creagses as the Tg - Ts decreases. Fd4 approaches unity as the vapor temperature

approaches the saturation value., Fd& increases as CTw - Ts) increages. For
the same reason as presented in the subcooled boiling regime, a reasonable assumption
is that all vapor will not be condensed while the average vapor temperature
is zbove the saturation temperature as long as the wall area is proportiomnal

to the volume fraction of the vapor phase.

7.3 Vapor to Liquid Heat Transfer

The energy partition functions for interphase heat transfer are computed
from the heat transfer coefficients in Section 6.2. To determire the functions,
the two heat transfer rates given in Section (6.2) for interphase heat transfer
are considered. In all regimes two heat transfer rates were evaluated; one
from the vapor to the liquid-vapor interface, q7s and the other from the inter-

face to the liquid, 9e1* where

9e7 = Agz he7 (Tg - Ts) (7.10)

= A -T)

%1 gl hel (Ts A (7.11)

In the present model a net vaporization is assumed tu result if 97 > 97

while a net condensation is assumed to result if 97 < 9" The total inter-

phase h.:at transfer is the largest of these two values, and is given by

Ugy = Max (9,4, q) (7.12)
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The gas phase energy partition function for the interphase heat t;ansfer,

F 4° is defined as the ratio of energy which comes from superheated condensation
e

to the total interphase heat transfer. The energy which comes from superheated

condensation is

|
£

Qg = gz 7 Ye7 (7.13)

so that

he7 (Tg - TS)

F = ] - .
ek max (he7 Crg - Ts), hel (TS Tz))

(7.14)

The wvalue of Fed will be in the range

0_<_Fea_5_1

by definition of qga. Fe4 is nonzerc at some point when T, is below the sat-

uration temperature. This value of TR is obtained when 9,7 = Plots of

qela
Feé are shown in Figure {(7.1). These plots illustrate that Fe4 increases as

(Tg - TS) decreases. Fe4 approaches unity as the vapor temperature approaches
the saturation temperature. Fe4 increases as (TS - Tz) increases. To assume
that all the vapor will not be condensed at temperatures greater than the sat-

uration temperature is reasonable for regimes for which the interphase area is

proportional to the vapor volume fraction when this volume fraction is small.

The liquid phase energy partition function for the interphase heat
transfer, Fe3' is defined as the ratio of energy which goes into subcooled boil-

ing to the total interphase heat transfer. The energy which goes into sub-

cooled boiling is

Qo3 ~© qgl RN (7.15)
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Figure 7.1 Vapor Phase Interphase Energy Distribution Function
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with

F.=1- -—-—«Whgl @:';- ; Tfl) T (7.16)
eJ max (he7 (,g T g’ el ‘s L

The value of Fe3 will be in the range

Oice3§_1

by definition of qu. Fe3 is nonzero at some point when Tg is greater than
the sacuration temperature. This nonzero value is determined by comparison of
heat transfer rates. The shape of the Fe3 curves are the same as the Fe4
curves with appropriate replacement of Tg’ TQ, and TS. The function FEB in-
creases as (Ts - TQ) decreases, approaches unity as the liquid temperature
approaches saturation, and increases as (Tg - Ts) increases. To assume that
the liquid will not all be evaporated at temperatures less than the saturation
temperature is veasonable for flow regimes for which the interphase area is
proportional to the volume fraction of the liquid when this volume fraction is
small.

A plot of the heat flux for heat transfer from a single droplet that was
obtained using these interphase energy distribution functions is shown in Figure
{(7.2). 1Initially the heat transfer causes condensation of the vapor. In the
course cf the transient, a transition to boiling of the liquid is made.

The shape of the interphase energy partition functions presented here is
similar to those presented in Hocevar, et al (1975). One important difference
between the functions effects the determination of the interphase mass dis-
tribution. The mass distribution functions presented he;e imply that the mass
at the saturation temperature due to interphase prccesses is either all liquid
(if boiling 1s taking place) or all vapor (if condensation is taking place).

This behavior is probably somewhat unrealistic and should be modified to include

a smooth transition between these extremes.
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